A catalytic hollow fibre membrane reactor (CHFMR) was developed in this study for combined steam methane reforming (SMR) and water gas shift (WGS) reaction. This is achieved by incorporating a Ni/SBA-15 catalyst into a plurality of micro-channels with open entrance from inner surface of Al 2 O 3 hollow fibres, followed by coating of a 3.3 µm Pd membrane on the outer surface of the hollow fibre using an electroless plating method. In addition to systematic characterizations of each reactor component, i.e. Ni/SBA-15 catalyst, micro-structured ceramic hollow fibre and Pd separating layer, the effect of how the reactor was assembled or fabricated on the catalytic performance was evaluated. Electroless plating of the Pd membrane impaired the catalytic performance of the deposited Ni/SBA-15 catalyst. Also, the over-removal of hydrogen from the reaction zone was considered as the main reason for the deactivation of the Ni-based catalyst. Instead of mitigating such deactivation using "compensating" hydrogen, starting the reaction at higher temperatures was found more efficient in improving the reactor performance, due to a better match between hydrogen production (from the reaction) and hydrogen removal (from the Pd membrane). An effective methane conversion of approximately 53 %, a CO 2 selectivity of 94 % and a H 2 recovery of 43% can be achieved at 560 °C. In order for a more significant "shift" phenomenon, alternative methodology of fabricating the reactor and more coke resistant catalysts are recommended.
Introduction
A catalytic membrane reactor, a unit coupling membrane separation and catalytic reactions, has been studied for a wide spectrum of energy related applications (Armor, 1998; Cornaglia et al., 2013; Mironova et al., 2014; Yang et al., 2014) . In addition to potential benefits such as simplified systems and improved synergy, harvesting purified target products via membrane separation is always expected to assist more efficient catalytic reactions. From this point of view, the application of membrane reactor to existing energy and environment related processes is likely to generate innovative solutions to numerous technical challenges (Chaubey et al., 2013) .
Pre-combustion decarbonization is one of the three main routes for power generation from fossil fuels with low or no CO 2 emission. In this process, fuels such as methane, coal and petroleum are converted into H 2 and CO 2 . The hydrogen as a clean energy carrier can be used for the production of electricity using fuel cells, while the concentrated CO 2 is ready for sequestration or chemical fixation in, for example, cyclic carbonates [1] . As thus, the key to the success of the pre-combustion decarbonization approach is the efficient conversion of the hydrocarbon fuels to H 2 and CO 2 , and their separation. Furthermore, achieving this in a single step under relatively mild conditions would lead to a substantial reduction in energy costs (Aasberg-Petersen et al., 1998) .
Despite the intensive energy consumption and complicated process, steam methane reforming (SMR) still dominates current industrial processes for H 2 production. This is a typical endothermic and thermodynamically controlled reforming reaction that is favoured at high temperatures and low pressures. The CO formed by SMR is further reacted with steam to generate additional H 2 via water-gas shift reaction (WGS) (Holladay et al., 2009; Liu et al., 2009 ).
The use of a membrane reactor allows the in-situ removal of H 2 , promoting the shift of the SMR reaction towards products, as stated by LeChâtelier's principle (Mengers et al., 2014) .
Moreover, improving mass and heat transfers of a micro-reactor by enlarging effective surface area and reducing transport distance of a catalytic reaction would further intensify the process (Tonkovich et al., 2007; Tonkovich et al., 2004; Zanfir and Gavriilidis, 2003; Zhai et al., 2010) . Therefore, higher methane conversion and H 2 yield can be expected at much lower temperatures, and CO 2 can be captured at the same time.
Pd-based membranes have been widely employed for the selective separation of H 2 , and have been proved efficiently in harvesting H 2 in-situ from the catalytic reaction zone of membrane reactors (Hwang et al., 2013; Irfan Hatim et al., 2011; Israni et al., 2009; Maneerung et al., 2014) . Meanwhile, the unique micro-channels inside ceramic hollow fibres, fabricated via a viscous-fingering induced phase-inversion process, provide an interesting solution towards a more efficient mass and heat transfer for catalytic reactions (Irfan Hatim et al., 2011) . This led to conversions exceeding equilibrium limitations, together with a significantly enhanced productivity rate that indicates a more efficient utilization of the catalyst, especially when the catalyst was incorporated inside the micro-structured ceramic hollow fibres. However, the advantages of this type have been only observed for single reactions, such as ethanol reforming (Rahman et al., 2011 ), WGS (García-García et al., 2012 , propane dehydrogenation (Gbenedio et al., 2010) . The effect of membrane separation on catalyst stability, and subsequently the whole catalytic reaction has not yet been investigated for more complicated systems, such as the combined SMR and WGS reaction.
As a result, this proof-of-principle study focuses on the use of a catalytic hollow fibre membrane reactor for the combined SMR and WGS reaction, at operating temperatures significantly lower than normally used for SMR reaction (700-900 °C). The reactor of this type consists of an integrated Pd membrane supported on the outer surface of a highly permeable and micro-structured alumina hollow fibre substrate, where Ni-based catalyst is deposited in large portion of the hollow fibre cross section from inner surface. In contrast to previous reactor counterparts, the ceramic hollow fibre substrates used in this study have micro-channels opened from the inner surface. This facilitates catalyst incorporation and further improves mass and heat transfer throughout the reactor. Apart from characterizing each reactor component (catalyst, hollow fibre substrate and hydrogen separating membrane), this study focuses on the effect of reactor fabrication methodology on performance, as well as outlining key operating parameters in improving the reactor performance.
Experimental

Chemicals and Materials
The ceramic suspension for hollow fibre fabrication consists of α- suspension of approximately 55 wt. % Al 2 O 3 powder, 39.1 wt. % DMSO, 0.39 wt. % dispersant and 5.5 wt. % PESf was prepared via ball milling. After degasing, the ceramic suspension was transferred into 200 mL stainless steel syringes. The ceramic suspension and bore fluid were co-extruded through a tube-in-orifice spinneret (OD 3.5 mm, ID 1.2 mm), both at the same flow rate of 15 mL . min -1 , into a coagulation bath with no air gap (0 cm). The hollow fibre precursors were kept in the coagulation bath for a few hours to complete the phase inversion. After straightening and drying, the precursor fibres were sintered in a tubular furnace (Elite TSH17/75/450) at 1400 °C for 4 h. Prior to the catalyst incorporation, the outer surface of the hollow fibre, with the exception of the central 7 cm, were coated with a gastight glaze by a thermal-treatment at 900 °C for 1 h. 
Deposition of Ni/SBA-15 catalyst into hollow fibres
Palladium membrane deposition by electroless plating
The deposition Pd membrane was performed in a two-step process: sensitisation/ activation, aiming at seeding the non-conductive Al 2 O 3 hollow fibre with Pd nuclei, and electroless plating as described elsewhere (Gouveia Gil et al., 2015 (Mardilovich et al., 1998) . Two cycles of electroless plating were performed in order to achieve a highly selective and defect-free Pd membrane.
Characterization
The morphology of all catalytic hollow fibre membrane reactor (CHFMR) components, i.e.
Pd membrane, alumina hollow fibre substrate and catalyst, was characterized by scanning electron microscopy (SEM, JEOL JSM-5610LV and LEO Gemini 1525 FEG-SEM). Prior to SEM analysis, the samples were gold coated in a vacuum chamber (EMITECH Model K550)
for 2 min at 20 mA and brush painted with silver. The pore structure and porosity of the Al 2 O 3 hollow fibre, as well as the catalytic hollow fibres with integrated Pd membrane, were evaluated by mercury intrusion porosimetry (MIP, Autopore IV 9500, Micrometrics), over a pressure range between 1.5x10 3 and 2.3x10 8 Pa and with a set stabilization time of 10 s.
ImageJ software was used to measure the inner and outer diameter of the HF and the thickness of the Pd membrane, based on the corresponding SEM images.
Catalytic Performance
The catalytic performance of the different reactor configurations was evaluated using an experimental apparatus shown in Figure 1 . The flow rates of the reactants and sweep gas (Ar) were controlled by individual mass flow controllers (Brooks Instrument, model 5800) with collective reader (Brooks Instrument, model 0254). A syringe pump (Chemix N5000) was used to feed liquid water in a heating coil (1/16' stainless steel tube), which was connected to the reactor. The inlet and outlet pressures were monitored using a digital pressure gauge (Sick, 10bar). The temperature of the tubular furnace (Vecstar SP HVT) was controlled by a temperature controller (CAL 9400) and monitored by a thermocouple located at the central position of the uniform heating zone (7 cm). The outlet stream was analysed by a gas chromatograph (Varian 3900) with a packed column (shincarbon, part nbr 19808) and the flow rate monitored by a bubble flow meter.
The catalytic hollow fibre (CHF) and catalytic hollow fibre membrane reactor (CHFMR) as shown in Figure 1A and 1B, respectively was assembled by introducing the functionalized hollow fibre (30 cm in length) in a stainless steel tube (OD 1cm) and sealing both ends using epoxy resin.
After placing and centring the reactors inside the furnace, the system was purged thoroughly with Ar (50 mL . min -1 ). In CHFMR configuration, both shell and lumen sides were purged under similar conditions. Prior to the evaluation of catalytic performance, the catalyst was reduced from NiO into Ni at a set temperature of 400 °C for 2 h and under H 2 /Ar atmosphere (10% for FBR and CHF and 50% for CHFMR).
The catalytic performance test was then investigated at a set temperature range between 450 °C and 560 °C, under atmospheric pressure and with the steam to methane ratio of 2. A stabilization time of 1 h was adopted for each operating temperature. At the shell side, the sweep gas flow rate of 50 mL . min -1 was kept constant throughout the catalytic performance test of CHFMR.
The overall performance was evaluated based on effective CH 4 conversion (X CH4 ), CO 2 selectivity (S CO2 ) and H 2 Recovery ( 2 ), which are defined by the equations below:
where F CH4 , F CO , F CO2 , 2 ℎ , and 2 are the flow rates (mol•min -1 ) of methane, carbon monoxide, carbon dioxide and hydrogen in shell and lumen, respectively. The possible carbon formation associated with these experiments was estimated at no higher than 8%, according to the carbon mass balance calculated based on methane, CO and CO 2 .
However, post-reaction characterizations did not manage to confirm this, due to the fact that a small amount of catalyst was dispersed throughout the alumina hollow fibre. well larger than 10 µm, which indicates negligible external diffusion resistance for both reactants and products (Li et al., 2000) . With regards to the outer surface, which is shown in Figure 2D , the uniform packed-pore network and smooth surface facilitate the coating of a thin Pd membrane for hydrogen separation. The overall porosity of the hollow fibre is approximately 64%.
Deposition of Ni/SBA-15 catalyst
Despite the large micro-channel entrances ( Figure 2C ), the selected catalyst (Ni/SBA-15) was incorporated into the hollow fibre via a two-step method, i.e. sol-gel process followed by impregnation. This methodology was selected since it has been proved effective for catalyst deposition in substrates of this type (Gallegos-Suárez et al., 2014; García-García and Li, 2013 shown in Figure 3A1 . The narrower top region of the micro-channel presents a thicker catalyst layer with cracks as shown in Figure 3A2 , while the wider region close to the inner surface shows a more uniform and continuous distribution of the catalyst as shown in Figure   3A3 . A discrepancy of this type might be related to the amount of SBA-15 precursor deposited in each region with different dimensions and, possibly different evaporation rate of ethanol when SBA-15 sol was converted into gel. Moreover, the SBA-15 layer did not block, partially or fully, the micro-channels entrances, as indicated by Figure 3B1 . A thin SBA-15
layer is also present on the inner surface, covering the parts between micro-channel entrances ( Figure 3B2 ).
A uniform distribution of NiO particles can be observed throughout the hollow fibre, which includes the whole micro-channel ( Figure 3A4 ), packed-pore network ( Figure 3A5 ) and the inner surface ( Figure 3B2-B3 ).
Electroless plated Pd membrane for H 2 separation
As expected, a defect-free Pd/Al 2 O 3 HF composite membrane, presenting a uniform Pd membrane of approximately 3.3 µm in thickness, was obtained by the electroless plating method. SEM images of both cross-sectional ( Figure 4A ) and top surface ( Figure 4B ) suggest the formation of a dense Pd membrane with high integrity and no pin-holes. The integrity of the membrane was further confirmed separately at both room temperature and 450 °C, at the maximum operating pressure of around 18 Psi and under argon atmosphere.
In order to investigate the impact of catalyst incorporation, as well as Pd membrane deposition, on the microstructures of the hollow fibre, a detailed assessment of pore size and pore-size distribution was carried out by Mercury Intrusion Porosimetry (MIP) and presented in Figure 5 . The pore-size distribution of the Al 2 O 3 hollow fibre follows a bimodal behaviour.
The first peak at 0.22 µm corresponds to the pore size of the packed pore-network; and, the second peak, varying between 5 and 25 µm, indicates the openings of the micro-channels on the inner surface. Neither the incorporation of the catalyst nor the deposition of the Pd membrane affected the dimensions of the micro-channels entrances, since the corresponding peak did not present significant changes. This is in accordance with Figure 3B1 . In contrast, the peak representing the pore size of the packed-pore network, including the outer spongelike layer and walls between micro-channels, indicates lowered porosity and slightly smaller pore size after incorporating catalyst and coating Pd membrane. This suggests that Pd penetrates into the substrate and catalyst is deposited not only inside the micro-channels, but also throughout the packed-pore network ( Figure 3A5 ). Furthermore, the formation of a catalyst layer along the micro-channel can also lead to decreased surface pore size of the micro-channel wall, as suggested in Figure 3A2 -A4, and result in the slight shift of the peak towards smaller pore size as shown in MIP analysis.
The deposition of the Pd membrane onto the hollow fibre had a slight impact on the pore size of the packed-pore network of the sponge-like structures, as suggested by the shifting and slightly lower intensity of the MIP corresponding peak. This is caused by the intrusion on Pd into the substrate, which leads to the formation of an intermediate layer (Gouveia Gil et al., 2015) .
The overall changes in the pore size distribution of the CHFMR can be described as a combination of the variations observed for NiO/SBA-15 CHF and Pd/Al 2 O 3 HF composite membrane, as shown in Figure 5 .
Catalytic performance of CHFMR
In addition to the quality of the catalyst and the membrane, the overall performance of the resultant membrane reactor can be affected by additional factors, such as how the membrane reactor is assembled and how the catalyst and the membrane perform under the membrane reactor conditions that can be quite different from those for testing the catalyst and membrane separately. During the course of assembling the catalytic hollow fibre membrane reactor, Ni/SBA-15 was first deposited inside the micro-structured alumina hollow fibre substrate, which is same as fabricating CHFs, followed by the electroless plating of Pd membrane onto the outer surface of the porous alumina hollow fibre substrate. After assembling the CHFMR, a catalytic performance test was followed. Despite of the excellent performance of each CHFMR component when characterized separately, e.g. high catalytic performance of CHF and high permeation flux in Pd/Al 2 O 3 HF composite membrane (Gouveia Gil et al., 2015) , the first CHFMR tested did not show catalytic activity between 375 and 550 °C. In order to address the possible reasons leading to this phenomenon, as well as outlining candidate solutions to deal with this unexpected observation, several experiments were designed to investigate the following factors: potential catalyst leaching during electroless plating, effect of in-situ hydrogen removal and effect of "kicking-off" reaction temperature.
Effect of catalyst leaching on reactor performance
Due to the highly porous nature of the alumina hollow fibre substrate, chemicals involved in the electroless plating of Pd membrane, such as ammonia and EDTA, can infiltrate into the substrate and consequently interact with the Ni/SBA-15 deposited, partially leaching out or contaminating the catalytic active phase of the CHFMR. As a result, the Pd membrane surface of a CHFMR was deliberately blocked to stop hydrogen permeation, which was then used to compare with a CHF (without Pd membrane) to evaluate the impact of electroless plating on the catalytic activity. In this case, the only difference between these two reactors is possible changes in the catalysts during the electroless plating of the Pd membrane.
As can be seen in Figure 6 , the effective CH 4 conversion of CHF configuration is close to the thermodynamic equilibrium value and is significantly higher than the CHFMR that was operated as a CHF. This suggests that part of the catalyst was either contaminated or leached out during the electroless plating, as the only difference between the two configurations is the coating of a Pd membrane via electroless plating. For CHF, the methane conversion increases with elevated temperatures, reaching around 42% at 560 °C. On the other hand, for the CHFMR, the effective methane conversion is considerably lower, 21% at both 538°C and 560 °C. As expected, from the thermodynamic point of view, the CO 2 selectivity decreases with the increase of temperatures. However, similarly to methane conversion, the CO 2 selectivity of CHFMR (operated as CHF) at temperatures of 538 °C and 560 °C is similar, 94.7 % and 95.10 %, respectively, and is higher than the CHF. Despite of the significantly higher methane conversion, the CO 2 selectivity of CHF configuration at low temperatures is similar to CHFMR.
By comparing the two reactor configurations above mentioned, it is clear that electroless plating of the Pd membrane would reduce the overall catalytic activity of the catalyst deposited inside the micro-channels, and is one of the reasons affecting the overall performance of the membrane reactor. Moreover, the CHFMR that was operated as a CHF was proved with certain catalytic performance, when there was no in-situ removal of hydrogen via the Pd membrane. In comparison with the first CHFMR that deliver no catalytic performance, it is worth to investigate the role of removing hydrogen via the Pd membrane in affecting the membrane reactor performance.
Effect of in-situ H 2 removal
SMR can be considered as a coke-intensive reaction, in which the produced hydrogen can rapidly remove reactive coke precursors from the Ni active sites and, as a result, reduce carbon formation and lastly avoid deactivation of the catalyst (Bartholomew, 2001; Hou and Hughes, 2001; Pedernera et al., 2007) . Furthermore, the presence of hydrogen can reverse the blockage of catalytic sites by chemisorption of hydrocarbons and mitigate the sintering of Ni particles, which can rapidly grow under atmospheres containing oxygen and water vapour (Bartholomew, 2001) . The hydrogen can also prevent an adapted oxidation state of Ni (Miachon and Dalmon, 2004) and reduce residual NiO particles. Although electroless plating leads to the loss of catalyst activity, as discussed above, the remained catalyst is still active to the reaction ( Figure 6 ). Therefore, the poor performance of CHFMR can also be related to the in-situ remove of H 2 under the membrane reactor conditions. As a result, 5 mL . min -1 of "compensating" H 2 were added in either the shell or the lumen of the CHFMR, for the purpose of mitigating the hydrogen permeation through the Pd membrane or increasing the hydrogen concentration at the reaction side. °C for CHFMR -Lumen and 7.4% at 553 °C for CHFMR -Shell). This might be due to an improved contact between catalyst and H 2 , when fed in lumen. The trend observed for CO 2 selectivity was as expected. It should be noted here that, although the supplemented H 2 helps to reduce the deactivation of catalyst, the overall performance is still below the CHF.
Meanwhile, the SMR reaction is limited thermodynamically and, as a result, the addition of extra hydrogen actually suppresses the methane conversion and is not suggested.
Figure 7 also indicates that, in order for maintaining certain catalytic activity of the catalyst deposited, certain amount of hydrogen produced from the reaction is actually preferred to be retained at the reaction side, instead of being fully removed via the Pd membrane to pursue high H 2 recovery. Or in another word, from operating membrane reactor point of view, the reaction can be started at the conditions when sufficient produced hydrogen can still remain at the reaction side, after the rest hydrogen being removed via the Pd membrane.
Effect of "kicking-off" operating temperatures
In order for approaching the reaction conditions above mentioned, three "kicking-off" temperatures were investigated separately, using one CHFMR for each temperature selected.
( Figure 8) . A higher "kicking-off" temperature is expected to generate more produced hydrogen, thus increasing the chance of maintaining the catalyst activity when the in-situ hydrogen removal proceeds at the same time. As can be seen in Figure 8A , methane conversion of the CHFMR at 462 °C is considerably higher than the CHFMR operated as a CHF ( Figure 6 ) and those with "compensating" hydrogen ( Figure 7 ). This indicates that catalyst deactivation due to the over removal of hydrogen, especially at low operating temperatures, is the major reason for the poor performance of the first CHFMR. In comparison to CHF, the methane conversion of CHFMR at 462 °C is lower, which may be attributed to the loss or contamination of Ni caused during the electroless plating of the Pd membrane ( Figure 6 ). As the starting operating temperature increases, the methane conversion of CHFMR becomes closer to the CHF, as well as to the equilibrium conversion of the combined SMR and WGS reaction. Finally, at 560 °C the catalytic performance of the CHFMR exceeds the CHF and is slightly above the equilibrium. Figure 8A also indicates that, despite of possibly a less amount or less active catalyst inside CHFMR (Figure 6 ), hydrogen separation via the Pd membrane still contributes to improved performance over CHF, although it appears at high operating temperatures and is based on careful selection of reaction conditions. CO 2 selectivity of CHF configuration decreases with the increasing temperature ( Figure 8B ), which is in alignment with thermodynamic behaviour of WGS reaction. On the other hand, for CHFMR, CO 2 selectivity increases at 575 °C (from 91% to 94%), which is an indication that hydrogen removal further assists the production of CO 2 by shifting the reaction towards products side.
In order to evaluate the quantity of H 2 permeated through the membrane, the H 2 recovery was evaluated. As shown in Figure 8C , the H 2 recovery increased with elevated temperatures, as expected since the H 2 permeation occurs via a solution-diffusion mechanism, which strongly depends on operating temperatures. The sweep-gas flow rate adopted (50 mL•min -1 ) was lower than the total flow rate of reactants in order to reduce the driving-force across the membrane and, as a result, mitigating the over removal of H 2 and the deactivation of the catalyst. This might be the reason for the lower recovery achieved at low temperatures, since the concentration of H 2 in the reaction zone is low. Moreover, at 560 °C the H 2 recovery reaches the highest value, approximately 43%, without causing a negative impact in catalytic performance as the H 2 concentration at the reaction side is still high (≈7%). This value is very similar to the one in the outlet stream of CHF, i.e. 9% at 560 °C.
Conclusions
A catalytic hollow fibre membrane reactor (CHFMR) was successfully developed by incorporating a Ni/SBA-15 catalyst into micro-channels, and coating a 3.3 µm Pd membrane on the outer surface of a highly micro-structured Al 2 O 3 hollow fibre. The initial low catalytic performance of the assembled CHFMR was mainly caused by the over removal of H 2 from the reaction zone, especially at low temperatures, leading to an insufficient amount of the hydrogen at the reaction side and consequently catalyst deactivation. The addition of H 2 in either reaction (lumen) or permeate (shell) zones improved the effective methane conversion of CHFMR, proving that a certain amount of hydrogen is preferred at the reaction size.
However, the overall performance of the CHFMR with H 2 addition did not reach the one achieved by CHF. This was attributed to the partial deactivation of Ni caused by leaching and poisoning of catalyst during the electroless plating, as suggested by the lower catalytic performance of CHFMR without H 2 removal when compared to CHF.
With the purpose of a better matching between hydrogen production and removal rates, the effect of "kicking-off" temperature on the catalytic performance of CHFMR was evaluated.
The performance of the CHFMR reaches similar values, at 538 °C, or overcome the CHF, at 560 °C, by achieving an effective methane conversion of 53 %, a CO 2 selectivity of 94 % and a H 2 recovery of 43%. This suggests that hydrogen removal further assists the conversion of methane by shifting the reaction towards products side. 
